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Abstract

Liquid/solid fluidized bed heat exchangers have originally been developed for desalination plants. However, due to

their substantial benefits with respect to significantly improved heat transfer and fouling reduction, successful applica-

tions also exist in areas such as petrochemical, minerals and food processing as well as in the paper and power indus-

tries. The excellent performance of fluidized bed heat exchangers is related to the interaction between particles and heat

transfer surface and to mixing effects in the viscous sublayer. In this paper, the results of experimental investigations on

heat transfer for a wide range of Newtonian and non-Newtonian fluids are presented. New design equations have been

developed for the prediction of bed voidage and heat transfer coefficients. The predictions of these correlations and of

numerous correlations recommended by other authors are compared with a large database compiled from the literature.

� 2004 Elsevier Ltd. All rights reserved.
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1. Introduction

Liquid/solid fluidized beds are used throughout the

process industry for hydrometallurgical operations, cat-

alytic cracking, crystallization and sedimentation. In

addition to the excellent mixing of the bulk fluid, signif-

icant increase in heat transfer up to a factor of 8 has
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been observed due to the presence of the suspended par-

ticles, Jamialahmadi and Müller-Steinhagen [1]. A fur-

ther advantage is the scouring action of the particles,

which may greatly reduce the formation of deposits on

the heat transfer surfaces, Müller-Steinhagen [2]. There-

fore, fluidized bed heat exchangers with cylindrical

stainless steel particles as solid phase have been recom-

mended for processes where severe fouling of the heat

transfer surfaces is expected, Klaren [3]. An example

of such a heat exchanger is shown in Fig. 1.

Typical installations for this technology are desalina-

tion plants, geothermal plants, paper mills, refineries etc.

In recent years, solid–liquid fluidized beds are also find-

ing increasing applications in treatment of aqueous was-

tes, heavy oil cracking, polymerisation, biotechnology,
ed.
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Nomenclature

Ac surface area affected by forced convection

(m2)

Ap surface area affected by particles (m2)

a–f coefficients and exponents

CD drag coefficient

CP heat capacity (J/kgK)

db bubble diameter (m)

dp particle diameter (m)

D diameter of fluidized bed (m)

Dh hydraulic diameter of fluidized bed (m)

f collision frequency (s�1)

fi friction factor

K constant

n Richardson and Zaki exponent

_q heat flux (W/m2)

T temperature (K)

t time (s)

us superficial liquid velocity (m/s)

ut particle terminal velocity corrected for wall

effect (m/s)

u1 particle terminal velocity in an infinite fluid

(m/s)

X length in flow direction (m)

z fluidization index

Greek letters

a heat transfer coefficient (W/m2K)

e bed voidage

k thermal conductivity (W/mK)

l dynamic viscosity (kg/ms)

r standard deviation

q density (kg/m3)

s shear stress (Pas)

W shape factor
_c shear rate (s�1)

la apparent viscosity (kg/ms)

Subscripts–superscripts

a apparent

av average

b bulk

c forced convection

c contact

D drag

f fluid

l liquid

p particle

s solid

SB static bed

w wall

wl wall to adjacent liquid

wp wall to the particle

1 infinity

Dimensionless groups

Ar Archimedes number, gd3Pðqs � qlÞql=l2l
Nu Nusselt number, Da/kl
Pr Prandtl number, llCpl/kl
Re Reynolds number, qlusD/ll
Rep particle Reynolds number, qlusdP/ll
Rep1 particle terminal Reynolds number in an

infinite liquid, qlu1dP/ll
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fermentation, and food processing. Here, the liquid phase

is viscous with non-Newtonian behaviour.

To apply fluidized bed heat exchangers more widely,

one has to be able to predict the heat transfer coefficient

for a given condition through the knowledge and under-

standing of the mechanisms involved. Investigations on

the hydrodynamic behaviour of Newtonian systems

have been documented and discussed by Jamialahmadi

and Müller-Steinhagen [1]. This work has now been ex-

tended to cover hydrodynamics and heat transfer of

Newtonian and non-Newtonian fluids with particles of

a wide range of sizes, shapes and densities, Aghajani [4].

2. Experimental set-up

2.1. Test rig for measuring heat transfer coefficients

A schematic diagram of the apparatus used in this

investigation is shown in Fig. 2. The test rig was
completely made from stainless steel. The liquid flows

in a closed loop consisting of temperature controlled

storage tank, pump, liquid flow meter, control valves,

and the electrically heated test section, which is a ver-

tical tube with an inner diameter of 25.4mm (see Fig.

3).

A 70-mesh stainless steel screen fitted between two

flanges before the test section supports the solid parti-

cles. The fluid temperature in the test section was meas-

ured with appropriately installed thermocouples. The

flow meter was calibrated for different solutions at differ-

ent bulk temperatures. The particles were prevented

from carryover, at higher superficial liquid velocities,

by an expansion cone mounted on top of the heated sec-

tion. Power was supplied to the test section using a

manually adjusted variac. A personal computer was

used for data acquisition. Various types of spherical

and cylindrical particles were used as solid phase in this

investigation.
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Fig. 1. Conventional heat exchanger and modified heat exchanger with circulating fluidized bed.

Fig. 2. Schematic diagram of test apparatus.
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The local heat transfer coefficient is defined as:

a ¼ _q
T s � T b

ð1Þ

where the surface temperature, Ts, is calculated as

shown in the previous section. The local bulk tempera-

ture, Tb, at the wall thermocouple location was obtained

from the inlet and outlet temperatures of the test section

using the following equation to account for the heater

geometry.

T b ¼ T b;in þ
95

160
ðT b;out � T b;inÞ ð2Þ
Assuming that the bulk temperature increases linearly,

from Tb,in, to Tb,out of the heated section is a valid

assumption for constant heat flux boundary condition.

Experiments for measuring heat transfer coefficients

were performed for different bulk temperatures. All

measurements were taken after the system had reached

steady state conditions.

From the results of this study and also from previous

investigations it has been found that in the convective

heat transfer regime, the heat transfer coefficient is al-

most independent of the heat flux. Therefore, to perform

all experiments under identical operational conditions



Fig. 3. Schematic of fluidized bed test section.

Table 1

Range of experimental parameters for the measurements of

heat transfer coefficients

dp/Dh 0.0013–0.265

qp 2290-11,350kg/m3

ql 816–1324kg/m3

ll 0.0003–0.5220Pas

Rep 0.019–11,302

Ar 3.85–6.1 · 107

Pr 1.55–7687
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and to remain in the convective heat transfer regime, the

heat flux was maintained at 57kW/m2, if the test liquid is

pure water or a sugar solution. Because of the high vis-

cosity of test liquids in the experiments with CMC solu-

tion, the heat flux was then maintained at 25kW/m2 to

avoid overheating and deposit formation. The range of
Table 2

Physical properties of solid particles

Type Name dp or dpe
a

[mm]

eSB

Cylindrical Aluminium 2 · 3mm 2.62 0.40

Aluminium 3 · 3mm 3.43 0.41

Brass 3 · 3mm 3.43 0.41

Stainless Steel 3 · 3mm 3.43 0.41

Stainless Steel 2 · 2mm 2.29 0.40

Tantalum 4 · 4mm 4.58 0.41

Spherical Glass 2 0.39

Glass 3 0.39

Glass 4 0.40

Lead 2.9 0.39

Lead 4 0.40

Carbon Steel 4 0.40

Carbon Steel 3 0.39

Stainless Steel 3.7 0.40

a dpe = Equivalent diameter for cylindrical particle = diameter o

diameter).
experimental parameters used for measuring heat trans-

fer coefficients is given in Table 1.

2.2. Investigated particles and liquids

Various types of spherical and cylindrical particles

were used as solid phase, with physical properties listed

in Table 2. In order to cover a wide range of particle

Reynolds numbers, a series of aqueous solutions of su-

gar and carboxymethylcellulose (CMC) were used as

Newtonian and non-Newtonian liquids. The concentra-

tion of sugar and CMC was varied from 0 to 60wt.%

and 0 to 1wt.% respectively. The sugar solutions ex-

hibited a constant shear viscosity, whereas the CMC

solutions displayed varying levels of pseudo-plastic

behaviour. An examination of the steady shear stress-

shear rate data suggested that the two-parameter power

law fluid model provides an adequate representation of

their pseudo-plastic behaviour. For steady shear, the

power law is written as:

s ¼ k _cn ð3Þ
W Density

[kg/m3]

Specific heat

[J/kgK]

Conductivity

[W/mK]

0.86 2600 896 204

0.87 2600 896 204

0.87 8500 385 111

0.87 7900 460 17

0.87 7900 460 17

0.87 17,600 151 54.4

1 2700 840 0.87

1 2700 840 0.87

1 2700 840 0.87

1 11,350 130 35

1 11,350 130 35

1 7800 473 43

1 7800 473 43

1 8100 460 13

f a sphere having the same volume as the particle (volume



Table 3

Physical properties of test liquids

Newtonian liquids Viscosity [Pas] Density

[kg/m3]

Specific heat

[J/kgK]

Conductivity

[W/mK]
25�C 40�C 60�C 80�C

Pure water 0.0010050 0.0006560 0.0004688 0.0003565 998.3 4182 0.6

–a

Sugar solutions –a

20wt.% 0.001714 0.001197 0.000811 0.000592 1070 1523 0.580

40wt.% 0.005359 0.003261 0.001989 0.001339 1150 1314 0.456

60wt.% 0.044410 0.021300 0.009870 0.005420 1300 1184 0.391

Aqueous solutions of CMC (non-Newtonian liquids)

Density ffi density of pure water

Power law model: s ¼ kð_cÞn where k = viscosity coefficient, [Pasn] and n = rate index

CMC solutions Power law parameters 25�C 40�C 50�C 60�C 70�C Specific heat

[J/kgK]

Conductivity

[W/mK]

0.2wt.% k 0.0697 0.0221 0.0125 0.0082 0.0031 4200 0.615

n 0.7468 0.8281 0.8879 0.9233 0.9512

0.4wt.% k 0.2084 0.066078 0.03737 0.02452 0.00927 4220 0.625

n 0.6953 0.770993 0.82667 0.85963 0.8856

0.6wt.% k 0.3413 0.108217 0.06121 0.04015 0.01518 4250 0.635

n 0.6883 0.763231 0.81835 0.85097 0.87669

0.8wt.% k 0.5756 0.182507 0.10323 0.06772 0.0256 4270 0.64

n 0.6729 0.746155 0.8012 0.83193 0.85707

1wt.% k 2.538 0.804732 0.45516 0.29859 0.11288 4290 0.645

n 0.5519 0.611982 0.65618 0.68234 0.70296

a International Critical Tables, Vol. 5, 1929.
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where the best values of k and n were estimated using a

non-linear regression approach. The resulting values

along with the density of each solution are given in

Table 3. It has been assumed that the average shear rate

over the entire particle surface is u1/dp. With this defini-

tion, the apparent viscosity is given by the following

equation:
la ¼ k
u1
dp

� �n�1

ð4Þ
3. Results and discussion

3.1. Velocity–voidage relationship

Correlations available for the prediction of heat

transfer coefficients are strong functions of the bed void-

age. Therefore, accurate knowledge of this parameter is

crucial for the reliable estimation of transfer coefficients.

Jamialahmadi and Müller-Steinhagen [5] compiled the

published correlations and conditions for which their

application has been recommended. Most correlations

are empirical and apply only over a restricted range of
Reynolds numbers, for specific particles and usually

for Newtonian fluids. Therefore, a new model has been

suggested by Aghajani [4]:

e ¼ us
ut

� �1=z

ð1� eSBÞ þ eSB ð5Þ

The static bed voidage eSB in Eq. (5) can be calculated by

the following equations:

– for spherical particles

eSB ¼ 0:15

Dh

dp
� 1

� �þ 0:38;
Dh

dp

P 2:033 ð6Þ

– for cylindrical particles

eSB ¼ 0:15

Dh

dp
� 1

� �þ 0:39;
Dh

dp

P 2:033 ð7Þ

The fluidization index, z, can be calculated by the

following equation:

z ¼
0:65ð2þ 0:5Re0:65p1 Þ
ð1þ 0:5Re0:65p1 Þ

ð8Þ
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Eq. (8) is independent of the nature of the fluids and it

can equally well be used for Newtonian and non-Newto-

nian liquids. The nature of the fluid is taken into consid-

eration by using the apparent viscosity in the calculation

of parameters such as the Archimedes number and the

particle Reynolds number.

The predictions of the above model have been com-

pared to a large data base with more than 1000 data

from the literature and from own measurements. For

Newtonian liquids, an average error of 6.18% and

for non-Newtonian (shear-thinning power law) fluids

an average error of 6.95% has been achieved. This is

demonstrated in Fig. 4 for the experimental data of

different investigators. Most published correlations

for the bed voidage vs. velocity relationship have also

been compared with the data base of Aghajani [4].

From this group, the correlation of Hartman et al.

[16] performed best for Newtonian liquids (5.79%

average error), while the correlation of Letan [18]

achieved an average error of 8.61% for non-Newtonian

liquids. However, none of the published correlations

outperformed the equation presented above for the

whole range of fluids.
3.2. Particle terminal velocity corrected for wall effect

Particle settling velocity is essential for the prediction

of bed voidage, heat and mass transfer coefficients. It is

well known that the walls of the column exert an addi-

tional retardation effect on a settling solid particle. The

extent of this wall effect is usually quantified by intro-

ducing a wall factor defined as:
1
Wilhelm and Kwauk  [6]
Lewis et al. [7] 
Richardson and Zaki  [8] 
Happel [9] 
Strauve et al. [10]
Loeffler and Ruth [11]
Wen and Yu  [12]
Barnea and Mizrahi  [13]
Garside and Al-Dibouni  [14]
Hirata and Bulos [15]
Hartman et al. [16]
Jamialahmadi et al. [17]
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Fig. 4. Comparison of measured bed voidages with values calculated f
f ¼ Terminal settling velocity in the presence of wall effect

Terminal settling velocity in the absence of wall effect

¼ ut
u1

It is obvious that f has a positive value less than 1. From

the work of Aghajani [4] it was found that the following

equation proposed by Richardson and Zaki [8] is very

well suited for calculating particle terminal velocity

corrected for wall effect:

Log10
u1
ut

� �
¼ dp

Dh

ð9Þ
3.3. Correlations for particle free fall velocity

The forces acting on a particle moving with its termi-

nal velocity through a fluid are in dynamic equilibrium.

Namely, the effective weight (gravitational force minus

buoyancy force) is equal to the drag force. For the free

fall terminal velocity this leads to:

u1 ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4dpðqp � qlÞg

3CDql

s
ð10Þ

Eq. (10) may be written in terms of free fall particle

Reynolds number:

Rep1 ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4qld

3
pðqp � qlÞg
3CDl2

s
ð11Þ

Eq. (11) shows that the terminal velocity of a particle is

inversely proportional to the drag coefficient, CD. Theo-

retically, the drag coefficient can be obtained from the
0.1 < dp < 6.4 mm 

1060 < ρp < 1 0792 kg/m3

1000 < ρ1 <1189 kg/m3 

0.00089 < µ1 < 0.013 Pa.s 

.7 0.8 0.9 1
imental ) 

rom Eq. (5) for Newtonian and non-Newtonian solutions [6–17].
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solution of the equation of momentum for the system. In

the absence of inertial terms it yields:

CD ¼ 24

Rep1
ð12Þ

As the particle Reynolds number increases, the inertial

terms become increasingly significant in the momentum

equation and no analytical solutions are possible under

these conditions. Therefore, almost all drag coefficients

reported for higher Reynolds number have been ob-

tained from experiments. These results are generally pre-

sented in graphical form as a complex function of the

flow conditions. Most of this work has been reviewed

and critically evaluated by several investigators [19,20].

Unfortunately, the form of these correlations is not con-

venient for the calculation of the free settling velocity for

a given solid–liquid system as the unknown velocity ap-

pears in both Rep1 and CD. This difficulty is overcome

by writing Eq. (11) in terms of Archimedes number,

which is not a function of the terminal velocity:

Ar ¼ 3

4
CDRe2p1 ¼

gqlðqp � qlÞd3
p

l2
ð13Þ

Eq. (13) shows that the particle free fall Reynolds num-

ber is only a function of Archimedes number and can be

better presented in the form:

Rep1 ¼ F ðArÞ ð14Þ

Several attempts have been made to establish the

functionality between the Archimedes number and the

particle Reynolds number. Most of this work is docu-

mented and critically evaluated by Khan and Richard-

son [20].

Hartman et al. [21] proposed the following explicit

relation for the prediction of the free fall velocity of a

spherical particle in an infinite medium. According to

Aghajani [4], this is presently the best available correla-

tion for calculating Rep1 for Newtonian solutions:

Log10Rep1 ¼ P ðCÞ þ log10RðCÞ ð15Þ

where

P ðCÞ ¼ ðð0:0017795C � 0:0573ÞC þ 1:0315ÞC � 1:26222

RðCÞ ¼ 0:99947þ 0:01853 sinð1:848C � 3:14Þ
ð16Þ

and

C ¼ Log10Ar ð17Þ

Few attempts have been made to establish the func-

tional dependence of Archimedes number on particle

Reynolds number for solutions with non-Newtonian

flow behaviour. Aghajani [4] determined improved val-

ues for the constants in Eq. (14), by non-linear regres-

sion analysis of all published data available at the time:

Rep1 ¼ 0:334Ar0:654 ð18Þ
For non-Newtonian solutions, the apparent viscosity,

la, must be used in both, Rep1 and Ar. Therefore, Eq.

(18) is implicit with respect to the free particle terminal

settling velocity, u1, and must be solved in parallel with

Eq. (10). Eq. (18) predicts the free fall velocity of parti-

cles in non-Newtonian solutions with an absolute mean

average error of less than 10%.
3.4. Heat transfer

Heat transfer to/from solid/liquid fluidized beds must

be influenced by the intensity of the interchange between

the solid particles and the heater surface, which is a

function of the velocity of the particles and the fre-

quency and density of particle contact with the heater

surface. Hence, a new model has been formulated based

on the following assumptions:

(1) The major resistance to heat transfer is a liquid film

near the heat transfer surface.

(2) Due to the movement of solid particles there is a

steady flow of fluid elements from the bulk of the

fluid to the heat transfer surface and vice versa.

The fluid elements reside for a finite time at the sur-

face until they return to the bulk in the wake of solid

particles scouring the heat transfer surface. In this

region heat is transferred into the fluid by transient

heat conduction from the heat transfer surface.

Some heat is also transferred by conduction to the

particles while they are in contact with the heat

transfer surface.

(3) On sections of the heat transfer surface that are not

in contact with particles, heat is transferred to the

liquid by forced convection.

Therefore heat transfer at any moment is composed

of two parallel mechanisms in separate zones of the heat

transfer surface, i.e. the surface area affected by parti-

cles, Ap, and the remaining heat transfer area, Ac, in

which heat is transferred by forced convection.

Han and Griffith [22] have shown that the area from

which the hot liquid layer is pumped away by a vapour

bubble leaving the heat transfer surface is pd2
b. Since

small bubbles and solid particles behave similarly, the

area of the heat transfer surface affected by a single par-

ticle should also be pd2
p. The following approach is hence

analogous to nucleate boiling heat transfer if ‘‘vapour

bubble’’ is replaced by ‘‘particle’’ and ‘‘latent heat trans-

fer’’ by ‘‘particle conduction’’.

Time-averaged heat transfer coefficients may be addi-

tive if it is assumed that both mechanisms (heat transfer

by fluid convection and heat transfer by transient heat

conduction from the heat transfer surface) coexist over

the entire heat transfer surface. Therefore, the total heat

transfer coefficient a is
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a ¼ ac þ ap ð19Þ

The local forced convective heat transfer coefficient, ac,
can be calculated from the Gnielinski [23] equation for

heat transfer during turbulent flow in pipes if it is mod-

ified to apply for local conditions.

Nu ¼
fi
8
ðRe� 1000ÞPr

1þ 12:7
ffiffiffi
fi
8

q
ðPr2=3 � 1Þ

1þ 1

3

D
X

� �2=3
" #

Prb
Prw

� �0:11

ð20Þ

Based on extensive experimental and numerical research

Jamialahmadi and Müller-Steinhagen [5] suggested to

use Re instead of (Re � 1000) in Eq. (20), which was

also adopted for the present work. The friction factor,

fi for turbulent flow may be calculated according to

Filonenko [24].

fi ¼ ½1:82LogðReÞ � 1:64��2 ð21Þ

An average relative error of 5.7% for Newtonian solu-

tions and 8.6% for non-Newtonian (shear-thinning

power law) solutions confirms the good agreement be-

tween the measured single-phase data and the predic-

tions of the modified Gnielinski [23] equation.

3.5. Prediction of ap

The heat transfer coefficient for the particle-control-

led area, ap also includes two parallel heat transfer

coefficients

ap ¼ awl þ awp ð22Þ

In the above equation awl is the heat transfer coefficient

from the wall to the adjacent liquid layer and awp is the

heat transfer coefficient from the wall to the particles.

Following the departure of a particle and of the hot liq-

uid layer, the liquid at Tb from the main body of the

fluid flows into the area of influence pd2
p and comes into

contact with the heating surface at Tw. Assuming pure

conduction into the liquid in the area of influence, this

can be modelled as conduction to a semi-infinite liquid

with a step change in temperature (DT = Tw � Tb) at

the surface

qp
A

¼
ffiffiffiffiffiffiffiffi
kqc

p
DTffiffiffiffiffi

pt
p ð23Þ

The hot layer is replaced with a frequency f, which is

equal to the frequency of the collision of particles with

the heat transfer surface. Hence, similar to the study

of Mickic and Rohsenoe [25] on pool boiling, the aver-

age heat flux over the area of influence would be:

_qp ¼
2
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
klqlcp;l

p ffiffiffi
f

p
DTffiffiffi

p
p ð24Þ
Taking into account the heat transfer to the particles by

conduction when they are in contact with the heat trans-

fer surface, Eq. (24) can be written as

_qp ¼
2ffiffiffi
p

p
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
klqlcp;l

p
þ

pd2
p

pD2

 ! ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
kpqpcp;p

q" # ffiffiffi
f

p
DT ð25Þ

Therefore, the heat transfer coefficient for the particle-

controlled area can now be obtained from

ap ¼
2ffiffiffi
p

p
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
klqlcp;l

p
þ dp

D

� �2 ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
kpqpcp;p

q" # ffiffiffi
f

p
ð26Þ

In the above equations, pd2
p=pD

2
� �

is dimensionless and

taking into account the relative area of contact between

particles and heat transfer surface and f is equal to the

frequency of particles approaching the heat transfer sur-

face. By analogy to the kinetic theory of gases (applied

to the randomly moving solid particles in a fluidized

bed) Martin [26,27] has shown that:

f ¼ 1

tc
¼ Cup

4dp

ð27Þ

where C is a constant between 2 and 4 for gas and liquid

fluidizations. Determining the particle velocity, up in flu-

idized beds is difficult and would require special equip-

ment. Several investigators, such as Latif and

Richardson [28] have speculated that in fluidized beds

the particle velocity is proportional to the superficial liq-

uid velocity and that it must be zero at e = eSB. There-
fore, it is assumed that

up ¼ musðe� eSBÞa ð28Þ

Considering that particle contact frequency must be zero

at e = 1, and using Eq. (28), Eq. (27) may be modified to:

f ¼ K
us
dp

� �
ðe� eSBÞað1� eÞb ð29Þ
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in which m, a and b are constants. By analysing a huge

number of experimental data (see next paragraph) for

both Newtonian and non-Newtonian liquid–solid fluid-

ized beds it was found that for good agreement with

experimental data the above equation becomes:

f ¼ 1:5
us
dp

� �
ð1� eÞ1:8ðe� eSBÞ0:2 ð30Þ

In this investigation both particulate and aggregative

fluidization behaviour is occurring and from the pre-

sented model it is obvious that the heat transfer coeffi-

cient depends on the collision frequency of contacting

particles, f, according through these equations is related
18000
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Fig. 6. (a) Comparison of measured and predicted heat transfer coeffi

coefficient as a function of particle Reynolds number for fluidization
to the bed voidage and hence to the hydrodynamics of

the system. The collision frequency of contacting parti-

cles with heat transfer surfaces, f, must increase from

zero for a packed bed up to a maximum value, at some

superficial liquid velocity, before decreasing to zero for

single-phase flow.

The collision frequency calculated in the present

model (i.e. Eq. (30)) is zero for packed or static beds

and for single-phase liquid flow, and generally reaches

a maximum for a bed voidage between 0.65 and 0.85,

in accordance with the maximum heat transfer coeffi-

cient. It is obvious that the contact frequency is affected

by the viscosity of the liquid; Fig. 5 shows that it
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decreases significantly for fluidization in highly viscous

liquids, in which the fluidization behaviour tends to be

particulate.

3.6. Comparison of measured heat transfer coefficients

with the present model

A large number of data over a wide range of possible

operating parameters have been obtained by Aghajani

[4] for heat transfer in solid/liquid fluidized beds with

Newtonian and non-Newtonian liquids. These data have
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Fig. 7. (a) Comparison of measured and predicted heat transfer co

transfer coefficient as a function of particle Reynolds number for flui
been complemented by all the published data the

authors could extract from the literature. Checking for

consistency, all data for velocities greater than the termi-

nal velocity or data sets where the measured wall tem-

peratures were outside the fluidized region were

removed. The resulting data bank includes more than

2200 data for Newtonian liquids and more than 800 data

points for fluidization with non-Newtonian liquids.

Typical predictions of the present model for different

particles fluidized in Newtonian and non-Newtonian

solutions are shown in Figs. 6a and 7a. For additional
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efficients for fluidization in a non-Newtonian liquid. (b) Heat

dization in non-Newtonian Liquid.
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information, the same data are plotted as a function of

particle Reynolds number in Figs. 6b and 7b. Due to

the presence of the suspended solids the heat transfer

coefficient increases and reaches a maximum at a bed

voidage between 0.6 and 0.8, as shown in Figs. (6a

and 7a) for fluidization with Newtonian and non-New-

tonian liquids. The calculated trends are in excellent

agreement with the experimental data of Aghajani [4]

and of all previous investigators. Overall, the average

relative error achieved with the present model for heat
Table 4

Comparison of measured data and values predicted by published mo

No. Author Newtonian liquids

Average relative

error (%)

Standard

deviation

1 Wasser and Mardus [33] 48.8 28.7

2 Lemlich and Caldas [34] 94.2 14.2

3 Richardson and Mitson [35] 66 36.3

4 Ruckenstein et al. [36] 59.5 39.5

5 Richardson and Smith [31] 129.8 152.1

6 Wassmund and Smith [37] 73.8 108.9

7 Hamilton [38] 43.7 26.6

8 Tripathi and Pandey [39] 70.5 11.2

9 Brea and Hamilton [40] 32.8 17.8

10 Varma et al. [41] 81.5 55.9

11 Schimanski et al. [42] 81.2 10.3

12 Syromyatnikov et al. [43] 158.7 114.9

13 Richardson et al. [44] 94.9 65.9

14 Allen et al. [45] 35.8 19.5

15 Baker et al. [46] 80.9 80.2

16 Khan et al. [47] 109 78.4

17 Tusin et al. [48] 40.4 25.3

18 Mersman et al. [49] 40.2 24.6

19 Kato et al. [50] 36.6 23.2

20 Wehrman and Mersmann [51] 42.8 20.4

21 Schütt [52] 46 23.2

22 Schütt [32] 46.8 16.9

23 Khan et al. [53] 36.2 24.8

24 Murayama et al. [54] 45.3 32.2

25 Chiu and Ziegler [55] 78.6 16.6

26 Juma and Richardson [56] 41.7 19.6

27 Coulson and Richardson [57] 47.5 35.2

28 Kim et al. [58] 30.7 14.5

29 Midoux et al. [59] 45.3 31.9

30 Murayama et al. [30] 43 27.3

31 Kollbach [29] 38.6 15.3

32 Grewal and Zimmerman [60] 38.1 28

33 Kang et al. [61] 38.7 21.5

34 Macias-Machin et al. [62] 47 31.7

35 Jamialahmadi and

Müller-Steinhagen [5]

35.8 16.3

36 Haid et al. [63] 36.7 22.4

37 Jamialahmadi et al. [17] 38.9 17.3

38 Jamialahmadi et al. [64] 39.3 16.7

39 Haid [65] 39.7 15.6

40 Present model 19.9 13.4
transfer in solid/liquid fluidized beds was 19.9% for

Newtonian and 21.1% for non-Newtonian liquids.

A comparison between calculated and experimental

values of heat transfer coefficient was performed for 39

correlations and models listed in Table 4 and also for

the present model. More than 2200 data from this study

and various publications for solid–liquid fluidized beds

with Newtonian liquids and more than 800 data points

of the present investigation for solid–liquid fluidized

beds with non-Newtonian liquids were used for this
dels

Non-Newtonian liquids

(%)

Prediction Average

relative

error (%)

Standard

deviation (%)

Prediction

� 33 16.4 � �
� � 48.6 20.7 � �
± 652 384 + +

± 96.3 101 ±

� � 65.2 52.8 + +

± � � �
± 125.6 83.8 + +

� � 76.8 7.2 � �
± 185 113 + +

� � � � �
� � 91.5 3.6 � �
+ + 112.6 103 ±

+ 163.6 118 ++

± 89 79 +

� 81.5 77.2 ±

+ + 189.8 135.6 + +

� � 61.5 59.4 ±

± 125.9 73.3 + +

± 196.3 89.3 + +

± 105.6 66.7 +

± 152.2 93.1 + +

± 94.2 70.7 +

± 53.5 55.7 ±

± 45.5 48.2 ±

� � 249 126 + +

� 44 42.2 ±

+ 98.6 96.1 +

� 52.6 57.3 ±

+ 88.7 55 +

± 38.2 34.5 ±

± 80.2 58.3 + +

± 138 131 +

± 32.2 32.8 ±

� � 88.6 4.4 � �
± 189 216 ±

± 135.5 83 + +

± 127 161 + +

± 123 194 + +

± 121 71 + +

± 21.1 16.1 ±
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analysis. The present model for calculating bed voidage

(Eq. (5)), was used to predict the bed voidage.

The average relative errors jDrelajav and the standard

deviation of prediction, r, of all correlations used in this

comparison, which are defined as follows, are shown in

Table 4.

Relative error,

jDrelaj¼ ðacal � aexpÞ=aexp
�� ��ð%Þ

Average relative error,

jDrelajav ¼
X

jDrelaj =nð%Þ;
n ¼ number of data sets

Standard deviation,

r ¼
X

ðjDrelaj � jDrelajavÞ
2=n

� �0:5
ð%Þ;

n ¼ number of data sets

Comparing the average relative errors and the standard

deviation of predicted values for all published correla-

tions and of the present model, it is evident that the

model developed in the present investigation provides

better results than all other correlations. This table also

indicates whether correlations tend to underpredict ‘‘�’’

or overpredict ‘‘+’’ the measurements. Correlations with

‘‘�� ’’ or ‘‘++’’ have a high tendency to underpredict or

overpredict the measurements, and for correlations with

‘‘±’’ no clear tendency was found.
4. Conclusions

New models are presented for bed voidage and heat

transfer coefficients for solid/liquid fluidized beds in verti-

cal pipes. These mechanistic models take into considera-

tion the forces acting on the particles as well as the

interaction between heat transfer surface and fluidizedpar-

ticles. They are applicable for both Newtonian and non-

Newtonian liquids. Comparison with two substantial data

banks with data from various authors indicates that the

twomodels outperform previously published correlations.
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